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Abstract-The static pressure drop and both the local and average heat-transfer coefficients were measured 
for the hor,rontal annular flow of water and air in a tube with an I.D. of 1 in. The electrically heated 
stainless steel heat-transfer section 60 in long was located approximately 105 in downstream of hquid 
injection. Tube wall temperatures were measured by fifty-seven buried and twenty-two surface thermo- 
couples. The water flow rate varied from 0.0714 to 0.3836 lb/s; the air flow rate, from 0*0300 to 0.2573 lb/s; 
and the heat flux, from 7372 to 12772 Btu/h ft’. Sizeable circumferential variations in tube wall tem- 
peratures were observed at low air flow rates. A correlation for the heat-transfer coefftcients was obtained. 
The pressure drop data agreed well with the Lockhart-Martinelli correlation and the prediction of the 
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Wrobel-McManus wave roughness theory. 

NOMENCLATURE 

tube cross-sectional area [ft’] ; 
tube diameter [ft] ; 
proportionality constant in Newton’s 
law [~bft~lbfs~] ; 
local heat-transfer coefficient [Btu/ 

T, 
G, 

W, 

tem~rature c”F] ; 

bulk axial velocity [ft/s] ; 
specific humidity [lb water vapor/ 

l 

lb air] ; 

T 
flow rate [lb/s] ; 
Lockhart-Martinelli 

hft” “IF]; 
two-phase 

average heat-transfer coefficient ; 
parameter. Square root of the ratio 

thermal conductivity [Btu/hft”F] : 
of pressure drop for liquid flowing 

refers to a specific axial distance [ft], 
alone to gas flowing alone in a tube 

used in AP/L, etc. ; 
of specified diameter for the speci- 

Nusselt number ; 
fied phase flow rates. 

pressure [Ibfi’ft” ] ; 
pressure drop per unit length [lbf/ 

Greek symbols 

ft”] ; 
P, density [lb/ft3] ; 

momentum pressure drop per unit 
$e, &, LockhartMartinelh parameters 

length ; 
equal to the square root of the ratio 

Prandti number ; 
of two-phase pressure drop to single- 

heat-transfer rate [Btu/h] ; 
phase (phase specified by subscript) 

heat flux [Btu/hft ‘1; 
pressure drop for the same tube 
diameter. 

refers to radial distance from tube 
axis [ft] ; 
Reynolds number ; 

Subscripts 
bi, refers to two-phase equilibrium state 

* Presently Assistant Professor, Department of Mechani- 
prior to heat addition ; 

cal Engineering, Iowa State University, Ames, Iowa, U.S.A. F, refers to fmal state for thermal and 

t Professor, Sibley School of Mechanical Engineering, phase equilibrium ; 
CarneB University, Ithaca, New York, U.S.A. 91 refers to gas phase ; 
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i, 
1 

;I,., 

0, 

L2, 

refers to inside surface ; 
refers to liquid phase ; 
refers to thermocouple location or 
measurement ; 
refers to wall value ; 

refers to upstream and downstream 
station, respectively. 

wide range of flow parameters possible and 
engineering interest is considered. Johnson and 
Abou-Sabe [3], King [4], and Fried [S] have 
all investigated heat transfer in air-water mix- 
tures in heated horizontal tubes. The bulk of 
these data are for slug or sluggish-annular 
flows. Johnson [6] has also worked with air-oil 
flows. 

Superscript - 
denotes space averaged quantities. 

INTRODUCTION 

TWO-PHASI: flows have been of continuing 
interest in engineering situations, and with time 
the need for more accurate data and greater 
understanding of the phenomena has increased. 
The engineering endeavors wherein two-phase 
flows are of interest range from liquid fuel rocket 
systems to petroleum pipe lines. In this wide 
spectrum of application, it is to be expected that 
the parameters of interest will differ widely. 
This has led to a great diversity in the literature, 
making comparisons between works tedious, 
and meaningful generalizations difficult. 

Categorizations of two-phase flows have been 
on the basis of the two phases being chemically 
similar or dissimilar; i.e. single component, 
two-component. Further subdivision has been 
suggested on the basis of the flow regimes of the 
phases ; i.e. laminar or turbulent, with four 
possible combinations. The flows have also been 
classified according to flow pattern such as mist, 
bubble, etc. The flow patterns have been dis- 
cussed recently by Silvestri [ 11. 

Results from investigations of one-component 
flows tend to suggest possible two-component 
behavior but, as yet, no correlation or theory 
has been sufficiently general to treat heat transfer 
in both types of flow. Much of the recent one- 
component data in the pure convection regime 
appears to be well correlated by an expression 
presented by Davis and David [7]. The Davis 
and David expression does not even come close 
to correlating the present horizontal two- 
component data even though it has been re- 
ported [7] to result in predicted heat-transfer 
coefficients which agree reasonably well with the 
vertical flow results for the air-water system 
studied by Groothuis and Hendal[8]. Although 
the possible flow patterns of one and two- 
component flows are similar, the heat-transfer 
mechanisms in the liquid film may be basically 
different since the one-component system is 
always Tt or near the saturation temperature 
and evaporation is much more frequently ac- 
companied by the physical agitation which is 
characteristic of boiling. 

Reasonable correlations of pressure drop 
have been obtained with parameters that make 
no important distinction between single com- 
ponent and multicomponent flow [2]. No com- 
parable correlations exist for heat-transfer co- 
ellicients. This is not surprising when the com- 
plications ; e.g. composition effects, pressure 
effects on saturation, etc., of heat transfer in 
two-phase systems are considered. 

This paper is primarily concerned with an 
experimental investigation of heat transfer to 
horizontal annular two-phase, two-component 
flow. The experimental apparatus used in the 
present investigation differed substantially from 
any used in previous heat-transfer studies in this 
type of flow, and the majority of data taken was 
in a flow regime for which no previous heat- 
transfer study had been reported. 

GENERAL APPARATUS AND 
INSTRUMENTATION 

Reports of experimental works with hori- A schematic diagram of the experimental 
zontal two-component, two-phase flows with apparatus is given in Fig. 1. Details of the 
heat transfer are extremely limited when the apparatus are given in [9]. 
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The straight run of pipe following the orifice 
was of sufficient length to give a fully developed 
velocity profile at the mixing section. The 
mixing device, Fig. 2, introduced the liquid as an 
annulus of 0015 in thickness at point of contact 
with the air stream. The test section consisted 
of 105.625 in of clear acrylic tubing with a 
nominal I.D. of 1 in followed by a heating 
section of stainless steel with an O.D. of 2 in. 
The heating section was located in a region 
known to be free of entrance effects. The test 

section was completed with a 53-in length of 
acrylic leading to a liquid-gas separator. End 
losses in the heat-transfer section were mini- 
mized by using insulating material for flanges. 

Pressure taps, situated in the bottom of the 
test section, were located at eight stations. 
Pressures were measured with gauges and 
mercury-under-water manometers. A recircu- 
lating system was used for the liquid and liquid 
flow rates were set with rotameters and measured 
by weigh tanks. 

By- pass 

Hi: I------ 

Filter Receiver 

$J Air valve 

Heat transfer 
Separator 

Water valve 

Pump unit 
Drain 

FIG. 1. Schematic diagram of experimental arrangement 

,Water “tn” 

Water annulus 

Air flow 

_- . 
FIG. 2. Detail of mixing device. 
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Heat-transfer section 
Stainless steel was chosen for the test section 

because of its relatively low thermal conductivity 
compared to other metals so that any circum- 
ferential variation in heat-transfer coefficient 
would be more easily detected through a cir- 
cumferential tube wall temperature distribution. 
A thick wall tube was used so that the tempera- 
ture differences across the tube wall would be 
measurable, alfowing a calculation of local heat 
flows. 

Temperature measuring stations were located 
at 6-m intervals along the tube with extra 
stations positioned 1 in and 3 in from each end 
providing temperature information for a total 
of thirteen axial locations. The test section 

“Surface” thermocoupie 
location \ 

radial holes, because the axial temperature 
gradient was small compared to the radial or 
even circumferential gradient. 

The buried thermocouples, installed as des- 
cribed above, provided the primary temperature 
data for the test section. No true surface 
thermocouples were installed, but rather several 
thermocouples were cemented in longitudinal 
slots milled in the plugs so that the thermo- 
couple junctions would be near the surface, O-1 in. 
Where both thermocouples were installed in the 
same plug, it was possible to determine tem- 
peratures at two radial iocations 0.335 in apart 
which enabled the temperature gradient to be 
computed. The junctions were electrically insu- 
lated so that the thermocouples could be con- 

Buried thermocouple 
location 

+--I in- 

FIG. 3. Test section slot and plug detail. 

thermocouples were made from 30-gauge 
chromel-alumel wire. The buried thermocouples 
were located at the bottom of longitudinal slots 
milled in the stainless tube. The slots were 
0.045 in wide, 0,450 in deep and, except for the 
two stations nearest each end which were 
spaced more closely together, about 3 in long 
at the surface. The buried thermocouples were 
cemented to the bottom of stainless steel plugs 
designed to tit snugly into the slots. Figure 3 
illustrates this arrangement. This slot and plug 
method of ins~ll~g the~o~ouples was used 
instead of some simpler method, such as drilling 

netted to indicate a differential temperature. 
All thermocouples were cemented in place with 
Technical “G” Copper Cement. This cement is 
a good electrical insulator while being a fair 
thermal conductor. 

The slots were located at several circumferen- 
tial positions at each axial station in order to 
determine the circumferential tem~rature dis- 
tribution. The temperature distribution is not 
expected to be symmetric for horizontal annular 
two-phase flow due to the gravity-caused eccen- 
tricity of the Iiquid film. The flow and tube wall 
temperature distribution should, however, be 
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symmetric about the vertical plane containing of the apparatus. Air runs were made both 
the tube axis. Thus the majority of the thermo- before and after the two-phase runs. Heat 
couples were located on one side of the tube balances for all but one run were within + IO 
with only a few on the opposite side to check per cent and the measured coefficients for air 
the symmetry. The design called for fifty-eight agreed to within f 10 per cent of the predictions 
buried and twenty-three surface thermocouples. of the modified Sieder-Tate correlation [lo]. 
The location of thermocouples is given in Fig. 4. With only a few isolated exceptions, symmetry 

Heat transfer axial stations 

Flow I2 3 4 5 6 7 8 9 IO II 12 13 

-~~2~3~6__;_6~6~6_‘c;;06-_c6__;c6~6~3;yz;I] 

Y 
f Dimenslons in inches) 

Circumferential location of slots 

Stations 
1,823 

Stations 

2,4,5,6,7 

Stations 
9 

Stations Stations 
3,ll IO, 12 

Key : 
o “Surface” T.C. 

+ Buried T.C. 

FIG. 4. Location of thermocouples in test section (dimen- 
sions in inches). 

Fiberglass insulated Nichrome V wire was 
used to heat the tube. Both molded and blanket 
fiberglass insulation were applied over the 
heating wires to minimize heat loss from the 
installation. Direct current was used for heating. 
Voltage and current measurements were used to 
compute power input. 

Temperatures other than those in the test 
section proper were measured with copper- 
constantan thermocouples and/or conventional 
thermometers. Wet bulb determinations were 
made at air exhaust and inlet for evaluation of 
humidity. 

EXPERIMENTAL PROCEDURES’ 

Several single-phase heat-transfer runs were 
made with air only to check the characteristics 

about the tube axis prevailed in the temperatures 
indicated by the circ~erentially spaced 
thermocouples, The results from the air runs 
are presented and discussed in [9]. 

Forty-nine water-air two-phase heat-transfer 
runs were made. The water flow rate varied from 
0.0714 to 0.3836 lb/s and the gas flow rate from 
0.0300 to 0.2573 lb/s. This range in gas flow 
rate corresponded to an approximate gas 
Reynolds number range of from 36ooO to 
320~. Al1 gas Reynolds numbers were com- 
puted using the full tube diameter of 1 in. The 
heat flux varied from 7372 to 12772 Btu/hft2. 
An energy balance was made for each run which 
took into account the evaporation process since 
for some runs more than half of the heat added 
to the mixture in the test section was accounted 
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for by the latent heat of vaporization. Heat- 
transfer coefficients were repeatable to within 
4 per cent. Additional details concerning the 
experimental procedure as well as specific 
operating conditions for each run are given in 
[G]. - 

PWESENTATlOh Ahl) DISCLISSlON 

OF RESULTS 

Pressure drop 
Although the pressure drop measurements 

were not the prime objective of the investigation, 
they are of considerable interest since existing 
correlations and theories still do not allow 
predictions to within the desired engineering 
tolerances. The readings were corrected for 
momentum effects so as to yield, as closely as 
possible, the friction pressure drop. Although 
readings from all eight pressure taps were 
recorded, the pressure drop of main interest and 
the one presented here was the one which 
spanned the heat-transfer test section. For the 
heat fluxes used, pressure drop readings changed 
only slightly from the isothermal measurements. 
The change was attributable to momentum 
effects. Corrections for momentum pressure 
drop in two-phase flows are somewhat arbitrary 
in that the velocity and phase distributions are 
not usually known in sufficient detail to compute 
with certainty the momentum change in the 
flow from cross-section to cross-section. 

In computing the momentum pressure drop, 
it was assumed that the liquid distribution did 
not change appreciably over the pressure drop 
length, as is reasonable for well-developed 
annular flow. From this it follows that the 
average liquid velocity does not change over 
this length and that the momentum pressure 
drop is due to velocity changes in the gas phase. 
In computing the gas average velocities, the 
area occupied by the liquid annulus was neg- 
lected. Using subscripts 1 and 2 for the upstream 
and downstream stations, respectively, 

AP, = p$i; - p,ii: (1) 
where, as is customary, the average gas velocity 

squared is used rather than the average over the 
cross-section of the local velocity squared. 

It is assumed that the air-water mixture 
comes very close to attaining a uniform tem- 
perature with the air saturated with water vapor 
at the entrance to the heat-transfer section. 
Experimental verification of this process was 
obtained by making adiabatic two-phase runs 
and comparing the inlet tube wall temperature 
to the computed fluid temperature at that point. 
Properties at the downstream pressure drop 
station were evaluated at the experimentally 
determined mixing cup temperature. 

Using the continuity-equation and the ideal 
gas law, the momentum pressure drop can be 
determined from 

AP, = 
r/i/; + W,)2 (1 + W,)2 90A2 P2 - Pl 1 (2) 

or, since p = p,(l + W), 

(3) 

where @a is the flow rate of dry air and W is the 
specific humidity. 

Comparison nith existing correlations 
Flow conditions and the main pressure drop 

parameters are tabulated in [9]. Figure 5 shows 
the pressure drop data plotted on Lockhart- 
Martinelli [l l] coordinates. The solid line is 
that given by Lockhart and Martinelli for 
turbulent-turbulent flow. The parameters X, 
$i, and 4B have been corrected for momentum 
effects. 

The results of the Wrobel-McManus [12] 
wave roughness theory as applied to the experi- 
mental flow conditions are shown also in Fig. 5. 
It is quite noteworthy that the results of this 
theory fall so close to the Lockhart-Martinelli 
correlation line. A comparison of this sort has 
not been observed in the literature before. 

Figure 6 shows the experimental data plotted 
according to the modification to the Lockhart- 
Martinelli correlation proposed by McMillan, 
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Fontaine and Chaddock [2]. Only those experi- 
mental points which were within the reported 
range of validity of this modification were 
plotted. The modi~cation maintains the form of 

Lockhart-Martinelli 
- correlation 

-‘- Wrobel-McMonus 
theory 

40 

20 

10 

g 8 

6 I I i 

/ 

4 

d.02 
I I 

0.04 0.06 0.1 0.2 0.4 

X 

FIG. 5. Pressure drop data on #, - X coordinates; com- 
parisons with theories and correlations. 

0.04 0.06 0.1 0.2 0.4 0.6 

X 

FIG. 6. Modification proposed in [Z] applied to pressure 
drop data on 4, - X coordinates. 

the Lockhart-Martinelli correlation but sug- 
gests that the method of computation of gas 
pressure drop in the denominator of 4B be 
modified to take into account the effect of 
surface roughness due to the presence of waves. 

The modified 4, should then, according to 
the intent of [2], out the data in better agreement 
with the Lockhart-MartinelIi line. It appears 
the modi~cation overcorrected for low values 
of X and generally gave rise to a greater vertical 
spread in the points than in the unmodified plot 
of Fig. 5. It should be pointed out that deviations 
in plots on 4,-X coordinates can be misleading 
in the sense that a given percentage change in 
two-phase pressure drop for fixed-flow con- 
ditions will result in only about half that per- 
centage change in 4, since & depends upon 
the square root of the two-phase pressure drop. 

Two-phase heat-transfer experimental results 
Local and the overall or average heat-transfer 

coefficients were evaluated experimentally. The 
local heat-transfer coefficient is defined accord- 
ing to 

h = 4/t1;, - TF), (41 

where TF is the equilibrium temperature for 
phase as well as thermal equilibrium. In the 
present experiments, TF for L/D = 60 was 
measured in the cyclone separator where the 
two phases were well mixed. At all other axial 
stations, jr, was computed from the inlet con- 
ditions and measured heat input of the test 
section. The T, used in the computation of 
local coefficients was determined from solving 
the conduction problem through the tube wall 
assuming uniform heat flux resulting in 

where ?;.c. is the average of the buried thermo- 
couple readings at the axial location of interest 
except for L/D = 60, where the linear portion 
of axial temperature distribution was extra- 
polated to the end of the tube to compensate 
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FIG. 7. Representative axial wall temperature distributions 
for two-phase heat-transfer runs. 
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FIG. 8. Representative axial distributions of local heat- 
transfer coefticient for two-phase heat-transfer runs. 
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for end effects. Here, q is the heat flow in Btu/h, 
r t.C. and ri are the radial distances of the thermo- 
couple location and the inside tube surface from 
the tube axis, respectively, L the tube length and 
k the thermal conductivity of the stainless tube. 
The metal thermal conductivity was evaluated 
by the experimentally determined relationship 
presented by Allen and Eckert [13]. 

The average coefficient is defined by 

h = ci/(T, - Gl, (6) 

where TO is the integrated average inside surface 
or wall temperature, and TF is the average of 
the inlet equilibrium temperature and the final 
measured equilibrium temperature. 

Typical axial temperature distributions are 
shown in Fig. 7. The temperature profiles are 
somewhat flatter than would be expected with- 
out taking into account the evaporation process. 
Typical axial distributions of the local heat- 
transfer coefficient are shown in Fig. 8. It is 
interesting to note that the local heat-transfer 
coefficients do tend toward a value independent 
of length which suggests a tendency for the 

annular two-phase flows to attain a type of fully 
developed condition. This approach to a con- 
stant coefficient also tends to substantiate the 
physical significance of the equilibrium tem- 
perature defined above. The major portion of 
the discussion concerning local coefficients will 
be confined to the local coefficient at L/D = 60. 

Figure 9 shows the experimental local heat- 
transfer coefficient at L/D = 60 plotted against 
gas Reynolds number for various nominal water 
flow rates. The dashed lines at the left of the 
figure show the expected behavior of the co- 
efficients as the limiting condition of no gas 
flow is approached. The limit at zero gas flow 
was computed for the particular water rate 
flowing alone in the tube. 

The method of plotting in Fig. 9 illustrates 
several interesting characteristics of the heat- 
transfer coefficients. The two-phase coefficients 
were always greater than the corresponding 
single-phase coefficients. It appears that, for a 
given water rate, the coefficient can be increased 
several times by forming a two-phase flow with 
air. The coefficients reach a maximum at a 

q 0.2800 

0 0~3500 

FLAGS INDICATE LOWEST HEAT 

FLUX RANGE. 7700 Btulhtt’ 

Re, x lo-3 

FIG. 9. Local heat-transfer coefficients for the two-phase 
runsat L/D = 60. 
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relatively low air flow rate and drop off sharply that this maximum might occur for a constant 
with increasing air rate. Johnson and Abou-Sabe value of the Weber number. Visual observations 
[3] also observed a tendency for maxima in a were made in the present experiments and dry 
similar plot of their data but their peaks were spots were not found to occur coincident with 
less sharply defined than those in Fig. 9. the maximum in heat-transfer coefficient. It is 
Maxima in heat-transfer coefficients have also believed that liquid entrainment, for which the 
occurred in vertical two~component flow [8]. Weber number is also expected to be an im- 
Part of the scatter in Fig. 9 is caused by the portant parameter, as well as the other ellects 
variations of the actual water flow rates from mentioned in the ,.previous paragraph, are 
the nominal values, The coefficients are quite more likely to cause the maximum in heat- 
sensitive to small changes in water rates, es- transfer coefficient than are the occurrence 
pecially at the lower air flow rates. of dry spots. 

The trends in the coefficients observable in 
Fig. 9 can be explained qualitatively as follows. 
As air is added to a flow of water. the transfer 
mechanisms are intensified considerably, as evi- 
denced by the fact that the two-phase pressure 
drops may be as much as 100 times the pressure 
drops for water flowing alone in the tube. The 
intensi~ed transport mechanisms result in much 
higher heat-transfer coefficients. As the air flow 
rate continues to increase for a fixed water flow 
rate, the flow pattern changes, as well as the 
transport mechanisms so that a given increase 
in air rate will cause less of an increase in 
pressure drop and the heat-transfer coefficient 
than previously. This is confirmed for pressure 
drop by experimental evidence. Also as the air 
rate increases a countering mechanism comes 
into play which tends to reduce the heat-transfer 
coefficient by depressing the final equilibrium 
temperature, TF. This occurs since, as the ratio 
of air flow rate to water flow rate increases, 
more and more evaporation is possible. At some 
air flow rate, this latter mechanism begins to 
dominate. The coefficient passes through a 
maximum for the given water rate and then 
decreases as the air rate increases. Liquid 
entrainment at the higher air rates also tends 
to depress the coefficient. 

Observation of circumferential variations 
For low air rates where the liquid film is 

known to be most eccentric [143, sizable 
circumferential temperature variations were 
observed in the tube wall. The measurements 
always showed the coldest part of the tube 
circumference to be at the bottom. In turn, this 
indicates that the local coefficient is greatest 
at the bottom since the temperature difference 
between the wall and the bulk fluid would be 
smallest there. These temperature variations for 
axial station 11 rounded off to the nearest degree 
are tabulated in [9] for each two-phase heat- 
transfer run. Axial symmetry in the experimental 
setup was well verified from the results of the 
single-phase air runs, as was discussed in a 
previous section. Thus the tube wall temperature 
variations were caused by variations in the 
local coefficient around the tube. The variations 
in temperature characteristically persisted at 
about the same order of magnitude at all the 
axial measuring stations so that it was not a 
phenomenon associated only with the entrance 
length or developed flow length of the heat- 
transfer section. 

Groothuis and Hendal [8], who could not 
observe the flow pattern in their apparatus, 
suggested that the maximum in the heat- 
transfer coefficient might coincide with the 
flow condition at which randomly distributed 
dry spots appeared at the walls. They suggested 

It is of interest to note that in horizontal 
one-component flow, the circumferential vari- 
aticn in the local heat-transfer coefficient is 
apparently generally the opposite of the two- 
component variation as can be seen from the 
results shown in [15]. This seems reasonable 
since the major thermal resistance occurs at the 
gas-liquid interface in the annular air-water 
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system. Thus, the wavier surface at the bottom 
(due to gravity caused film eccentricity) pro- 
motes an intensified heat-transfer mechanism 
and a reduced interfacial resistance. In annular 
one-component flow, the major thermal re- 
sistance is through the liquid film which is 
smaller at the top causing a maximum in the 
heat-transfer coefficient at that location. 

Although the circumferential variations in 
tube wall temperature and local coefficients 
are related to film eccentricity, the exact 
mechanisms by which the film eccentricity 
produces variations in the local coefficients 
are not known. Two effects which are thought 
to be important in this regard are discussed in 

PI. - 
The circumferential variation in the local 

heat-transfer coefficient cannot be determined 
directly from the measured temperatures based 
on the buried thermocouple readings since 
the variations in inside wall temperature will 
also cause the heat flux to be asymmetrical 
about the tube axis. To obtain a qualitative 
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FIG. 10. Measured and computed circumferential tempera- 
ture distributions, axial station 11, two-phase runs 24, 42. 

picture of the circumferential variations in local 
heat flux associated with a measured circum- 
ferential temperature variation, the conduction 
problem in the tube wall was solved numerically. 
It was assumed that symmetry existed about the 
vertical plane through the tube axis, Rather 

110 
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1W 
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FIG. 11. Measured and computed circumferential tempera- 
ture distributions, axial station 11, two-phase runs 9, 43. 

standard finite difference methods were used 
in the numerical solution. The methods are 
described in more detail in [9]. The computa- 
tions were done by using an iterative procedure 
on the digital computer. 

Figures 10 and 11 show the measured cir- 
cumferential temperature distribution at axial 
station 11 for two-phase runs 9, 24, 42 and 43. 
The conduction problem was solved numerically 
for runs 9,24 and 43 so that the smooth curves 
drawn through the points are the same curves 
used to determine the input for the numerical 
solution mentioned above. The dashed curves 
in Figs. 10 and 11 represent the inside surface 
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temperatures obtained from the numerical solu- 
tion ofthe conduction problem. The temperature 
variations from runs 9, 24 and 43 are repre- 
sentative samples covering the range of cir- 
cumferential temperature variations observed. 
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FIG. 12. Computed circumferential distribution of local 
heat-transfer coefficient, axial station 11, two-phase run 24. 
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FIG. 13. Computed circumferential distribution of local 
heat-transfer coefficient, axial station 11, two-phase run 43. 

Figures 12 and 13 show the circumferential 
variations in the local coefficient computed 
from the results of the numerical conduction 

solution for runs 24 and 43. The integrated 
average coefficient, determined by numerically 
integrating the computed circumferential co- 
eficient distribution, is noted for each run as 
well as the experimentally determined co- 
efficient computed on the basis of equation (4) 
which used the arithmetic average buried 
thermocouple temperature extrapolated to the 
inside surface by use of the’conduction equation. 
This equation allows for the assumption that 
the heat flux is uniform around the circumference. 
The former average coefficient is seen to be 
somewhat higher than the latter. A comparison 
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FIG. 14. Computed circumferential distribution of local 
heat-transfer coefficient, axial station 1 I, two-phase run 9. 

of the circumferential distribution of h from 
the numerical solution and that which results 
from extrapolating each measured temperature 
to the wall based on an assumed uniform heat 
flux is given in Fig. 14. This illustrates the effect 
of the circumferential variation in heat flux on 
the circumferential distribution of the local 
heat-transfer coefficient. 

Circumferential variations in tube tempera- 
tures and heat fluxes are important in applica- 
tions and some interest in these matters has 
been observed recently in the literature [16]. A 
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noteworthy aspect of the circumferential vari- 
ation in heat-transfer coefficient is that the 
resulting circumferential variation in tube tem- 
perature will depend heavily on the thermal 
conductivity of the tube material. The greater 
the thermal conductivity, the smaller the ob- 
served temperature variation. 

Generalization of data 
Johnson and Abou-Sabe [3] were able to 

correlate most of their data to within 120 per 
cent by plotting &t;,~## against X where h is 
based on the logarithmic mean temperature 
difference (LMTD). The average coefficient, Fi, 
for the present work has been previously defined 
and is not based on the LMTD since there is 
little physical justification for the use of the 
LMTD in the heat-transfer system under study. 
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FIG. 15. Comparison of present heat-transfer data with the 
correlation suggested by Johnson and Abou-Sabe. 

Figure 15 shows the present data plotted 
according to &#$ - X coordinates suggested 
in [3] except that the h is not based on the 

LMTD. The solid line shown in Fig. 15 is the 
line given by Johnson and Abou-Sabe [3] 
representing an average of their data. The 
coefficient ti, was computed from Nu = 
0.023 Re0’8Pr0’4 where Re was computed on 
the basis of the specified flow rate and the tube 
diameter. On the basis of the X coordinate, 
there is very little overlap between the present 
data and that of Johnson and Abou-Sabe [3], 
but the coordinates suggested by them do a 
reasonably good job of correlating the data. 
In the limited region of overlap, the present data 
all fall above the line, [3]. 

Fried [5] was able to correlate his data as 
well as that of Johnson and Abou-Sabe [3] 
by using h/&4: coordinates. He computed a 
coefficient based on the integrated mean tem- 
perature difference as well as the LMTD and 
found that the coefficients based on the former 
temperature difference were always lower. Figure 
16 shows the present data plotted according 
to the h/h, - C#I: coordinates. The solid line 
represents the average given by Fried for his 
data for the range of the abscissa used in Fig. 16. 
The present experimental points tend to group 
about the Fried line but the scatter is so great 
that the parameters cannot be considered as 
providing a good correlation for the present data. 
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FIG. 16. Comparison of the present data with the correlation 
suggested by Fried. 
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Several arbitrary parameters were tried in an 
attempt to obtain the best correlation of the 
present data. Due to the complexity of the 
system, it has been impossible to arrive at a 
simple grouping of the important parameters 
through the usual procedures using dimensional 
analysis. Since the heat-transfer coefficient is 
nearly always related to friction in convective 
systems, it is expected that the two-phase 
heat-transfer coefficient should depend upon 
the relative flow rates and physical properties 
of the two phases. Thus the pressure drop 
parameters such as #r, Cp,,, and X can be expected 
to have some relevance for heat-transfer cor- 
relations. The way in which the Reynolds 
analogy must be modified for annular two- 
phase flows is thought to be similar to that for 
heat transfer to rough surfaces and is discussed 
in [9]. 
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FIG. 17. Correlation of measured local heat-transfer co- 
efficient based on X. 

Two reasonably good correlations were found 
for both the local and the average coefficient. 
Figure 17 shows the local coefficients from the 
present investigation correlated by plotting 
h/#+ against the Lockhart-Martinelli X. Figure 
18 shows a similar plot, but for the average 
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FIG. 18. Correlation of measured average heat-tmnsfer 
coefficient b;t\ed on X. 

coefficient, fi. In both correlations, almost all of 
the points faI1 within +20 per cent of the best 
straight line through the data. A slightly 
better correlation was obtained by plotting 
h/#+ and Ii/#, against X(6WVJ”‘4. These latter 
plots can be seen in Figs. 19 and 20. 

Figure 21 shows some of the results from 
[3,5] plotted according to the !$+r - X co- 
ordinates which provided a good correlation 
for the present data. The solid line is the same 
as shown in Fig. 18, and the cross-hatched 
band represents the region in which the present 
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data fell. Fried’s data [S] were presented in 
such a way that the parameters for Fig. 21 
could be computed directly without making 
any additional assumptions. The values of h 
based on the integrated mean temperature 
difference were used. The values of h and X 
had to be computed from the basic flow rates, 

60 

FIG. 19. Correlation of measured local heat-transfer co- 
efficient based on X(@~/@,)“‘4 

temperatures, and heat fluxes in the case of 
the Johnson and Abou-Sabe data. In doing 
this it was assumed that the air was saturated 
with water vapor at the inlet and exit of the 
heat-transfer section and that the reported wall 
temperature was the integrated average tem- 
perature. With these assumptions, the average 
coefficient could be computed according to 
equation (7). Only the data from [3, 51 which 
came the closest to the annular regime are 
included in Fig. 21. The data of these other 

coordinates, although the data does group near 
the solid line. 

The general agreement of the present data 
with that of other investigators is believed to be 
good considering that the data are largely from 
two different flow regimes, the annular regime 
in the case of the present investigations and the 
slug flow or sluggish-annular regimes-for [3, 51. 
Also there was some uncertainty in arriving at 
an appropriate temperature difference to use 
in computing the coefficients for the comparisons. 

The parameter h/$, used to correlate the 
experimental data is not dimensionless. In 
single-phase pipe flows, the heat-transfer co- 
efficient is most often generalized through the 
use of the Nusselt number, Nu = hD/k, which 
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is characteristically a function of the Reynolds 
and Prandtl numbers. The effects of mass 
transfer prevent this type of generalization from 
being exact for the present conditions, so that the 
use of the Nusselt number would have been 
misleading. This point is discussed in some 

1wO 

200 

002 0 04 01 02 Q-4 1 2 I 

x 

FIG. 21. Comparison of data of other investigators with 
&#I, - X correlation. 

detail in [9]. The most important two-phase 
heat-transfer parameters from the experimental 
program are also tabulated in detail in [9]. 

SUMMARY OF RESULTS AND 

CONCLUSIONS 

1. The pressure drop measurements for the 
heat-transfer runs agreed well with those of 
other investigators, both isothermal and with 
heat transfer, as indicated by the same relative 
agreement with the Lockhart-Martinelli cor- 
relation as generally obtained by others. The 

Wrobel-McManus wave roughness theory pro- 
duced predictions which agreed surprisingly 
well with the Lockhart-Martinelli correlation. 
For the range of the present experiments, the 
Wrobel-McManus theory allowed predictions 
of pressure drop which agreed better with 
experiment than predictions based on the 
Lockhart-Martinelli correlation for X < 0.1, 
which corresponds to the range in which the 
model upon which the theory was based most 
nearly agrees with the experimentally observed 
conditions. An application of the modification 
to the Lockhart-Martinelli correlation pro- 
posed by McMillan, Fontaineand Chaddock [2] 
resulted in the data group being more nearly 
centred about the correlation line, but the 
general scatter in the data was increased. 

2. The investigation covered a range of two- 
phase, two-component flows over most of 
which no previous heat-transfer studies are 
known to exist. Where the present work came 
closest to overlapping the range investigated 
by others, the agreement between the present 
work and that of other investigators was 
reasonably good considering the differences 
in the experimental setups and procedures. 
The two-phase local coefficients ranged from 
about 400 to 1000 Btu h ft’ and were in all 
cases greater than the computed coefficients 
for either phase flowing alone in the tube. 
The local heat-transfer coefficients were cor- 
related very well by plots on h/4, - X and 
h/4, - X(@a/@)o’4 coordinates. The average 
coefficients were correlated well also with the 
above coordinates when h was replaced by h. 
All but a very few points fell within +20 per 
cent of the best line through the data plotted as 
1 ndicated above. The use of X( @a/k,)o’4 provided 
the better correlation of the two. As the air rate 
was increased from zero for a fixed water rate, 
the heat-transfer coefficient increased and passed 
through a maximum. The coefficient then de- 
creased with increasing air rate, the more so 
for the higher water rates, so that the coefficients 
for the various water rates tended to converge 
for the higher air rates. The local coefficients 
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were observed to approach a value independent 
of axial distance. 

3. At low air rates and generally for flow 
conditions near the maximum in the coefficient 
mentioned above, significant circumferential 
temperature variations were measured in the 
tube. These were as great as 26 degF for one run. 
Due to the inherent coupling between the 
circumferential temperature variation and the 
heat flux, the conduction problem was solved 
numerically in the tube at one axial station for 
three representative runs to provide at least 
a qualitative measure of the distribution of the 
local coefficient. These results indicated varia- 
tions in the local coefficients around the cir- 
cumference up to ten-fold. 
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Rbum&On mesure la chute de pression statique en m&me temps que les coefficients de transport de 
chaleur locaux et moyens pour un troulement annulaim horizontal d’eau et d’air dans un tube avec un 
diametre interieur de 25,4 mm. La partie oh s’effectue le transport de chaleur est en acier inoxydable chauffe 
tlectriquement, a 1,52 m de long et se trouve approximativement a 2,67 m en aval de l’injection du liquide. 
Les temperatures de la paroi du tube ttaient mesurees a l’aide de 57 thermocouples places en profondeur 
et 22 a la surface. Le debit d’eau variait entre 32.4 et 174 g’s: le debit d’air entre 13.6 et 117 g/s; et le 
flux de chaleur entre 23.25 et 40,3 kW/m’. On a observe pour de faibles debits d’air de grandes variations le 
long de la circonference des temperatures de la paroi du tube. Une correlation a ettc obtenue pour les 
coefficients de transport de chaleur. Les rbultats de perte de charge ttaient en bon accord avec la correlation 

de Lockhart-Martinelli et la prevision de la theorie de rugositt d’onde de Wrobel-McManus. 

Zusammenfaswng-An einem Rohr mit der hchten Weite von 25 mm wurden der statische Druckabfall, 
der ijrtliche und der mittlere W&metibergangskoeBizient ftir die horizontale Ringstriimung von Wasser 
und Luft gemessen. Die’elektrisch beheizm Wlrmetibergangsstrecke aus rostfreiem Stahl war 1,5 m lang 
und lag ungefahr 2,6 m stromabwarts vom Fliissigkeitseintritt. Die Rohrwandtemperaturen wurden mit 
57 eingelassenen und 22 an der Oberflache befestigten Thermoelementen gemessen. Der Massenstrom des 
Wassers variierte von 3,239 bis 173.9 g/s, der Massenstrom der Luft von 1,361 bis 116.7 g/s und der Wlrme- 
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Strom von 23,25 bis 40,28 W/m’. Bei geringen Luftdurchsltzen wurden beachtliche Unterschiede der 
Rohrwndtemperatur in Umfangsrichtung beobachtet. Fiir den WZrmetibergangskoefzienten wurde eine 
Gleichung aufgestellt. Die Werte fti den Druckabfall stimmten gut mit der Gleichuhg von Lockart- 
Martinelli und den Berechnungen nach der Wellen-Rauhigkeitstheorie von Wrobel-McManus iiberein. 

AEE~T~~II~--_ISJIH FOpHaOHTaJIbHOl'O Te'IeHEIH BOJJbl II BOaAyXa B KOJlbqeBOM 8aaOpe B Tpy6e 
HuaMeTpoM 1 ~[totim npose~errbr rramepenrin nepenwa cTaTtiYecKor0 nasneriurr, a Tanme 
noKanbrror0 B cpegriero Koa#+iqnerrTon Tennoo6nrerra. Harpesaeman aner-rTpasecTaom 
ceriqriri Tennoo6nrerrrrrrna ria riep+aseromel cTanri ~nrrrroti 60 HIOBM~B Barsa pacnonomerra 
npn6JIIiaHTeJIbHO Ha paCCTOHHIlH 105 AIOtiMOB II0 TeqeHIIKl OT MeCTa BXORa mHEKOCTH. 
TemnepaTypa cTeKKK ~py6ba KamepRnacb c nomoqbm 57 Tepmonap,aaxenaaabnr B cTeHKy, 
II 22 IlOBepXHOCTHblX TepMOIlap. PaCXOA BOW HaMeHHJlCII OT 00714 a0 03836 @yHT/CeK; 
apacxoflBoa~yxa0~0,0300 no 0,2573 $yHToB/ceK;TennoBoB IIOTOK 6~7 paBeH 7372-12 772 
6Te/Y.4yTz. 3HaWiTeJIbkble HEIMeHeHIIll TeMnepaTypbl CTeHKIl II0 IIepHMeTpy Tpy6H HabIo~a- 

nncb rrpu KKaKnx pacxofiax Boagyxa. nOJIseHa KOppeJIH~Hfl !JJIil KOe#@iIVleHTOB TelIJIO- 

obt&eHa. AaKHbIe no nepenagy nasnewirr cornacyroTcH c Koppenfiqaeti JIoKxapTa- 
MapTHKennn II Teopneti BpoBenn-MaK-MaKyca. 


